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A B S T R A C T   

In this paper, a new trigeneration system is proposed to decrease atmospheric carbon dioxide emission and 
produce methanol, hydrogen, and power. The system is composed of an organic Rankine cycle, a direct methanol 
fuel cell, a carbon capture unit, a proton exchange membrane electrolyzer, and a methanol synthesis unit. A flue 
gas stream with a defined composition, solar energy, and the atmospheric air are the system’s inlets. In the design 
step, special attention is paid to heat and mass integration between different components so that its waste can be 
lowered as much as possible. Then, mass balance law, energy conservation principle, exergy relations, and 
auxiliary equations are applied for each subsystem to investigate the system’s thermodynamic performance. Also, 
the effect of changing operating parameters on the performance of each subsystem is studied. The obtained 
results show that the proposed system has the energy and exergy efficiencies of 66.84% and 55.10%, respec-
tively. Furthermore, 94% of the total exergy destruction rate belongs to the water electrolyzer, while the 
contribution of the organic Rankine cycle is negligible. The performance of the methanol synthesis reactor de-
pends strongly on its inlet temperature. Maximum equilibrium methanol concentration and carbon dioxide 
conversion are achieved at the inlet temperature of 210 ◦C. The parametric studies reveal that there is an op-
timum fuel cell current density in which its produced power density is maximized.   

1. Introduction 

The increase in world population, economic development, human 
welfare demands, and production rate has led to a rise in global energy 
consumption, mainly supplied by fossil fuel resources. It is estimated 
that fossil fuels provide nearly 85% of worldwide energy needs [1]. 
However, the combustion of fossil fuels in power plants produces a large 
amount of carbon dioxide which is a greenhouse gas (GHG) and main 
contributor to environmental problems such as global warming, ice 
melting, deforestation, floods, and climate change. It is reported that 
nearly 7 Gt of carbon dioxide is generated each year, and the rate is 
expected to increase in the coming years [2]. Therefore, it is crucial to 

decrease carbon dioxide emissions to the environment. Among various 
suggestions, carbon capture and storage (CCS) and its conversion to 
different products have gained particular attention. In carbon capture 
and utilization (CCU) process, an economic benefit through the gener-
ation of a value-added material for use in other chemical processes is 
achieved besides the decrease of carbon dioxide release. Various com-
ponents, such as methanol (CH3OH), dimethyl ether (CH3OCH3), and 
methane (CH4), can be produced from emitted carbon dioxide [3]. 

Methanol is a product of a catalytic regenerative conversion reaction 
between carbon dioxide and hydrogen. It has several advantages like 
high energy density, easy storage and transportation, low toxicity, and 
little environmental pollution [4]. Also, it can be used as raw material 
for producing several essential chemicals like acid acetic (CH3COOH), 
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formaldehyde (CH2O), methyl tertiary-butyl ether (MTBE), and 
dimethyl ether (DME) [5]. Furthermore, it can be used as an octane 
number booster for gasoline, and as a valuable fuel for different fuel cells 
[6]. So, it is concluded that carbon to methanol conversion is an 
excellent solution for lowering carbon dioxide emissions from power 
plants. Until now, many researchers have evaluated various designs for 
methanol production under different operating conditions [7]. Howev-
er, carbon to methanol reaction needs a large amount of hydrogen, 
which is not available as a free component in the surroundings. The 
required hydrogen can be generated from the solar-powered water- 
splitting reaction, which is a clean process without environmental 
pollution. Additionally, even if all of the produced hydrogens are not 
consumed in the hydrogenation of carbon dioxide, surplus hydrogen 
may be considered as an energy storage option of solar energy for uti-
lization during cloudy or night times. Hydrogen can also be used in fuel 
cells or sold as a byproduct. Although renewable energy sources cannot 
replace fossil fuel power plants in the near future, their integration can 
compensate for the adverse effects of carbon capture and utilization 

systems such as power consumption and power plant efficiency 
deterioration. 

On the other hand, fossil fuel resources are limited, and their price 
has an increasing trend. So, it seems crucial to design more efficient 
energy conversion systems that can consume a significant part of fuel’s 
chemical energy. In this regard, combining two or more different ther-
modynamic systems for simultaneous production of various demands 
like power, cooling, heating, and others from one energy source looks 
reasonable. These co/tri/multi-systems enjoy advantages like fair en-
ergy usage, higher efficiency, reliability, and safety in addition to lower 
cost and emission rates [8]. 

Migrand et al. [9] studied the effect of using different waste heat 
sources on a methanol production system from captured carbon dioxide. 
They concluded that the power production efficiency of renewable 
sources is as high as 59%. However, fossil fuel should be used to supply 
nearly 3.6% of system energy demand. Boretti [10] analyzed a methanol 
production system from the flue gas of an oxy-fuel combustion plant and 
hydrogen feedstock. He concluded that methanol has a higher 

Nomenclature 

A Kinetic constant 
Acell Cell area (m2) 
aH2O Water activity 
B Kinetic constant 
C Molar concentration (mol/m3) 
D Diffusivity (m2/s) 
e Standard molar exergy (J/mol) 
Ė Exergy flow rate (J/mol) 
Eact Activation energy (J/mol) 
F Faraday number (A.s/mol) 
h Specific molar enthalpy (J/mol) 
HHV Higher heating value (J/kg) 
I Current (A) 
i Current density (A/m2) 
i0 Exchange current density (A/m2) 
iref Pre-exponential factor (A/m2) 
Ixover Crossover current (A) 
ixover Crossover current density (A/m2) 
k Reaction rate constant 
Kreac Reaction rate constant (mol/m3) 
Ṁ Mass flow rate (kg/s) 
N Number of cells in the stack 
n Number of transferred electrons 
Ṅ Molar flow rate (mol/s) 
nd Drag coefficient 
p Pressure (Pa) 
Q Heat (kW) 
R Universal gas constant (J/mol.K) 
r Reaction rate (kmol/kgcat.s) 
Rcont Contact resistance (Ωm2) 
Rmem Membrane resistance (Ω/m2) 
s Specific molar entropy (J/mol) 
T Temperature (K) 
Urev Cell reversible potential (V) 
v Overpotential (V) 
V Voltage (V) 
W Power (kW) 
X Conversion (%) 
ΔG Gibbs free energy change (J) 
ΔH Enthalpy change (J) 

Greek letters 
α Charge transfer coefficient 
δ Thickness (m) 
ε Porosity 
η Efficiency 
λ Water content (molH2O/molSO− 1

3
) 

σ Protonic conductivity (S/m) 

Superscripts 
0 Standard condition 
cons Consumption 
in Inlet 
out Outlet 
prod Production 
ref Reference 
tot Total 

Subscripts 
a Anode 
acl Anode catalyst layer 
act Activation 
amb Ambient 
B Blower 
b Boundary 
c Cathode 
C Compressor 
ccl Cathode catalyst layer 
ch Chemical 
conc Concentration 
cont Contact 
cross Crossover 
cv Control volume 
des Destruction 
diff Diffusion 
eff Effective 
k kth component 
kin Kinetic loss 
mem Membrane 
ohm Ohmic 
P Pump 
ph Physical 
T Turbine 
th Theoretical 
y Molar fraction  
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conversion efficiency than gasoline. Since methanol resists knock in 
directly injected and turbocharged engines very well, it can be a suitable 
choice for high power concentration. Sayah et al. [11] designed a flue 
gas-based methanol production and wind energy based hydrogen gen-
eration system. Their obtained results showed that the employment of 
their system in Iran could lead to an increase in renewable energy 
integration, natural gas consumption, and emitted CO2 rate. Esmaili 
et al. [12] investigated a solar-based hydrogen and methanol generation 
system. By studying the effect of varying operating parameters, they 
proved that sunlight intensity affects system efficiency. Leonzio et al. 
[13] considered three different configurations of methanol reactor at 
equilibrium condition: a once-through reactor, a reactor with the recy-
cling of unconverted gases, and a reactor equipped with a membrane 
permeable to water. The feed flows were pure hydrogen and carbon 
dioxide. They showed that if a reactor with the recycle of unconverted 
gases is employed for methanol production, the highest carbon con-
version of 69% is achievable. Atsonios et al. [14] evaluated the effect of 
different design and operating criteria on the carbon-to-methanol con-
version system. They concluded that hydrogen production cost is the 
most significant parameter. Rivarolo et al. [15] studied the thermoe-
conomic performance of high-pressure reactors for methanol production 
when different renewable energy resources are employed. Their results 
depicted that biogas-based plant has the best economic performance, 
and purchasing carbon dioxide leads to lower capital investment. Nami 
et al. [16] investigated the performance of a power, methanol, and 
hydrogen production unit from thermodynamic, thermoeconomic, and 
environmental viewpoints. Their proposed design consisted of a 
geothermal driven organic Rankine cycle, a proton exchange membrane 
electrolyzer (PEME), an oxy-fuel combustion S-Graz cycle, and a meth-
anol synthesis unit. They pointed out that the most crucial part of the 
system for investment was the S-Graz cycle, and the product unit cost 
was estimated at around 24.88 $/GJ. Kiatphuengporn et al. [17] studied 
the effect of an external magnetic field on the performance of a packed 
reactor in which methanol was produced through carbon dioxide hy-
drogenation. The reactor was filled with copper-iron-supported cata-
lysts. Their results showed that applying a magnetic field enhanced 
reactor efficiency, carbon dioxide conversion, and methanol generation. 
Luu et al. [18] evaluated a post-combustion carbon capture system for 
enhanced gas recovery and methanol production from the flue gas of a 
coal-fired power plant. They claimed that their proposed design could 
operate well based on natural gas with high carbon dioxide concentra-
tion. Charoensuppanimit et al. [19] analyzed the possibility of using 
hydrogen from the Sodium methoxide (NaOCH3) generation process in 
the carbon dioxide hydrogenation reaction. They reported that an 
adiabatic packed bed reactor was the best option. Ghosh et al. [20] 
evaluated three process schemes for methanol production from the 
generated carbon dioxide in a biogas plant. They demonstrated that all 
designs could provide their electricity demand and the two-reactor plan 
with fibrous catalyst has the highest efficiency and methanol yield. Gao 
et al. [21] proposed two options to set syngas ratio in the methanol 
generation process from landfill gas; providing additional hydrogen or 
separating extra carbon dioxide in landfill gas. They concluded that the 
first option is energy efficient, while the second one is more economical. 
Alsayegh et al. [22] investigated a new methanol production scheme in 
which captured carbon dioxide safely dilutes the produced hydrogen 
from photovoltaic water splitting and facilitates the hydrogenation re-
action. Their economic evaluation revealed that generated methanol, in 
this case, is more expensive than the conventional ones. Matzen et al. 
[23] simulated a methanol and dimethyl ether production unit from 
wind-based electrolytic hydrogen and separated carbon dioxide from an 
ethanol (C2H5OH) fermentation system. They reported that although the 
environmental effect of methanol generation is less than dimethyl ether, 
its combustion offsets these benefits. 

From the literature review in the previous paragraph, it can be 
concluded that many researchers have evaluated different schemes for 
methanol production from flue gas carbon dioxide. However, it seems 

more study and investigation are necessary in this field to identify 
proper applicable designs for various conditions. In this paper, a new 
methanol, hydrogen, and power trigeneration system is proposed and 
analyzed from the thermodynamic viewpoint. As it is well known, flue 
gas from refinery furnaces contains a considerable amount of carbon 
dioxide. So, a CO2-to-methanol conversion system is considered to 
prevent carbon release into the surrounding atmosphere. The water- 
splitting reaction in the proton exchange membrane electrolyzer pro-
vides the necessary hydrogen for carbon hydrogenation. A solar energy 
collecting system is integrated to supply PEME power requirements. A 
part of the produced hydrogen is used in the methanol generation pro-
cess, and the remainder is stored to be used in cloudy or night times or 
sold as a valuable byproduct. The main improvements of the proposed 
system can be highlighted as follow:  

• An organic Rankine cycle is used to produce power from the flue gas 
energy content and adjust its temperature for the carbon capture 
unit.  

• A part of the produced methanol is used in a direct methanol fuel cell 
to generate a stable and accessible electrical power for nearby 
buildings. Hence, it is not necessary to store and transport methanol 
to remote places for further processing.  

• The electrochemical and thermodynamic performances of direct 
methanol fuel cell are simulated based on Aspen HYSYS available 
components and blocks. To the authors’ knowledge, this has not been 
done so far.  

• Special attention is paid to heat and stream integration among 
different components of the system. Hence, the external heat re-
quirements will be as low as possible. Also, depleted stream de-
creases significantly.  

• The produced flue gas in the methanol synthesis unit contains carbon 
dioxide. So, it is returned to the starting point of the system. Thus, no 
carbon dioxide is emitted to the environment. 

By applying the first and second laws of thermodynamics and 
necessary supplementary equations for each subsystem, the energy and 
exergy operation of the proposed system is simulated in Aspen HYSYS 
environment and Engineering Equation Solver (EES) software, respec-
tively. Then, the performance of each subsystem is studied under various 
operating conditions. 

2. System description 

The proposed methanol, hydrogen, and power trigeneration system 
consists of five subsystems: organic Rankine cycle (ORC), CO2 capture 
unit (CC), proton exchange membrane electrolyzer (PEME), methanol 
synthesis unit (MSU), and direct methanol fuel cell (DMFC). An over-
view of the whole system is shown in Fig. 1. Aspen HYSYS v8.8 with 
three different fluid packages is used to design and simulate the system. 
Acid Gas and Extended NRTL fluid packages are used for the CO2 capture 
and methanol synthesis units, respectively. While for the rest of the 
units, the Peng-Robinson fluid package is used. The detailed configu-
ration of the system in the Aspen HYSYS simulation environment is 
depicted in Fig. 2. The streams entering the system are flue gas, water, 
and air. The flue gas considered for treating is the outlet of conventional 
refinery furnaces at the temperature of 220 ◦C and a total flow rate of 
250,194 m3/h with the mentioned composition in Table 1. 

Exhaust flue gas from refinery furnaces stack is at high temperature 
and contains a lot of energy. So, it can be used to drive ORC for power 
generation, which can be used in other parts of the system. Also, the 
temperature of the flue gas decreases to such an extent that it is suitable 
for the carbon capture unit. After this step, the flue gas enters the carbon 
capture unit, where about 91% of CO2 is captured, and the rest is emitted 
into the atmosphere. This captured carbon is sent to the methanol syn-
thesis unit. However, a considerable amount of hydrogen is needed to 
implement the methanol synthesis reaction. In this case, hydrogen is 
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produced in the proton exchange membrane electrolyzer through the 
water-splitting reaction. A solar energy collector provides the PEME 
necessary power. Part of the produced hydrogen is sent to MSU, and the 
rest is stored as a byproduct. In the methanol synthesis unit, carbon 

dioxide and hydrogen react to produce methanol and water. Water is 
recycled back to the electrolyzer for hydrogen generation. A part of 
methanol is sent to a direct methanol fuel cell stack for power genera-
tion, while the remainder is stored as a liquid fuel for later usage or sale. 
Finally, combusting the vented gas from the methanol synthesis unit 
provides enough heat for high pressure steam generation, which is a 
useful energy source and can be used in the system if necessary. The 
performance of each subsystem is described in detail in the following 
sections. 

The following assumptions are applied to simulate the designed 
system:  

• The whole system operates at a steady-state condition. 

Fig. 1. An overview of the whole system.  

Fig. 2. Configuration of the system in Aspen HYSYS.  

Table 1 
Molar composition of inlet flue gas to the system.  

Composition Molar fraction 

N2  0.782 
O2  0.021 
H2O  0.074 
CO2  0.123  
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• The pressure changes in the pipelines are neglected.  
• There are no heat losses from pipelines and equipment. 
• The cooling fluid used in the system is cooling water with tempera-

ture and pressure of 25 ◦C and 3 bar.  
• The adiabatic efficiency of all rotating equipment (pump, 

compressor, and turbine) is considered 85%.  
• There is no temperature change inside the electrolyzer and fuel cell.  
• The changes in potential and kinetic energy and exergy are 

neglected.  
• Ambient temperature and pressure are 25 ◦C and 1 atm, respectively. 

2.1. Organic Rankine cycle subsystem 

As stated previously, the exhaust flue gas from a refinery furnaces 
stack is too hot to enter the carbon capture unit directly. Hence, an 
organic Rankine cycle is considered to decrease flue gas temperature 
and utilize its large energy content. It is proven that organic Rankine 
cycles are more reliable, less complicated, and more suitable for waste 
heat recovery than Rankine cycles [24,25]. Various working fluids can 
be considered for ORC. Here, Refrig-600 is selected because it has a high 
critical temperature, better performance, and efficiency considering the 
thermal economic, safety, and environmental criteria. The physical 
properties of Refrig-600 are listed in Table 2 [26]. 

The schematic of the simulated organic Rankine cycle in Aspen 
HYSYS is presented in Fig. 3. As it is shown, this subsystem consists of a 
feed pump, an evaporator, an expander, and a condenser. Exhaust flue 
gas from the refinery furnace stack (stream 1) and flue gas from the 
purge streams boiler (stream 2) are mixed and sent to the shell side of 
the ORC evaporator (HX1). Refrig-600 exchanges heat with the flue gas 
and becomes superheated. Then, it enters the expander (T1) at 110 ◦C to 
generate power. The working fluid should become liquid to complete the 
cycle. This step is done by a cooler (HX2) in which Refrig-600 exchanges 
heat with cooling water. Thus, the temperature and pressure of the 
working fluid return to the pump suction conditions (stream 8), which 
are 30 ◦C and 3 bar, respectively. 

The net generated power and thermal efficiency of ORC can be 
defined as: 

Wnet,ORC = WT1 − WP1 (1)  

ηORC =
Wnet,ORC

QHX1
(2)  

2.2. Carbon capture subsystem 

The amine process is the most proven technique for recovering car-
bon dioxide from flue gases. In this process, CO2 is chemically absorbed 
by the amine solution. The simulated carbon capture unit with Aspen 
HYSYS is presented in Fig. 4 based on the configuration of [27]. The rate 
of capturing CO2 is 90.74%, and about 29.97 t/h of CO2 is produced at a 
temperature of 35 ◦C and a pressure of 1.7 bar. 

According to Fig. 4, outlet flue gas from the ORC evaporator’s shell 
side enters compressor C1 to compensate for the pressure drop of the 
carbon capture unit absorber. The outlet stream of the compressor 
(stream 10) is cooled down to 45 ◦C with cooling water before entering 
the absorber. Hence, partial dehumidification occurs. A part of water 

vapor (about 445.50 kg/h) in the flue gas is condensed, separated at 
separator V1, and pumped through P2 to the electrolyzer unit for 
hydrogen generation. Now, the flue gas (stream 12) is ready to enter the 
carbon capture unit. 

The CO2-rich flue gas is fed to the bottom of the absorber column, 
while lean aqueous solvent with 30% wt MEA (HOCH2CH2NH2) enters 
the column’s top. The flue gas rises through the absorber column while 
the MEA descends, leading to direct counter-current contact between 
CO2 and MEA. The reactions occurring in the absorber column are listed 
below [27]: 

2H2O ↔ H3O+ +OH − (3)  

CO2 +OH− →HCO−
3 (4)  

H2O+HCO−
3 ↔ H3O+ +CO2−

3 (5)  

HCO−
3 →CO2 +OH− (6)  

MEA+H2O+CO2→MEACOO− +H3O+ (7)  

MEACOO− +H3O+→MEA+H2O+CO2 (8)  

MEAH+ +H2O→MEA+H3O+ (9) 

By implementing these reactions, CO2 is chemically absorbed by 
MEA and is separated from flue gas. The treated flue gas with a low 
concentration of CO2 is emitted from the top of the column into the 
atmosphere. The rich solvent (stream 17) leaves the column at the 
bottom, is pumped to the pressure of 2.5 bar, and flows into the internal 
lean/rich heat exchanger (HX4). The hot regenerated lean MEA coming 
from the bottom of the regeneration column is used to heat the pres-
surized rich solvent. Then, the hot rich solvent enters the regenerator 
and receives heat from the reboiler steam to desorb its CO2. The product 
of the regeneration column at the bottom is lean MEA, which undergoes 
the following units: It gets cool in the lean/rich exchanger (HX4), mixes 
with water and MEA make-ups, cools to 45 ◦C in the air cooler (AC1), 
and finally, goes back into the absorber column. In this way, the MEA 
loss because of thermal degradation and evaporation is compensated 
[28]. On the other hand, the regeneration column’s top product is a 
mixture of CO2 and H2O, which is cooled down to 35 ◦C in the 
condenser. Hence, a part of water vapor condenses and returns to the 
regeneration column with a reflux ratio of 1.23. In Table 3, the main 
design characteristics for absorber and regenerator columns are listed. 

2.3. Water electrolyzer subsystem 

The most common method to produce hydrogen from water is the 
electrolysis process. Although the fundamental principle of water split-
ting is the same, it can be performed in three different electrolyzers: 
alkaline water electrolyzer (AE), proton exchange membrane water 
electrolyzer (PEME), and solid oxide water electrolyzer (SOE). Solid 
oxide electrolyzer is still in the research and development stage and does 
not have commercial applications [29]. Despite the mature technology 
of alkaline electrolyzer, the advantages of PEME, such as compact design 

Table 2 
Some physical properties of Refrig-600.  

Parameter Value Unit 

Molecular weight 58.12 g/mol 
Critical temperature 151.98 C̊ 
Critical pressure 3.80 MPa 
Latent heat of vaporization at b.p. 366.35 J/g 
Flammable limits in air 1.8–8.4 % vol  

Fig. 3. Schematic of simulated ORC in Aspen HYSYS.  
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[30], higher purity of produced gas [31], and higher current density and 
efficiency [32], make it an attractive and favorable choice for hydrogen 
production. In this study, a low-pressure polymer electrolyte membrane 
electrolyzer is considered for water splitting. The half-cell and overall 
reactions occurring inside the PEME are as follows: 

anode : H2O→2H+ + 2e− +
1
2
O2 (10)  

cathode : 2H+ + 2e− →H2 (11)  

overall : H2O→H2 +
1
2
O2 (12) 

Since there is no in-built module for PEME in Aspen HYSYS software, 
some process equipment is arranged to simulate the PEME. Fig. 5 shows 
the process flow diagram of the PEME subsystem in the Aspen HYSYS 
environment. It includes one conversion reactor for the electrolysis 

reaction, one component splitter for the separation of the anode and 
cathode flows, three SET logical operations (Set1, Set2, and Set3) for 
temperature matching of streams, and one component splitter for the 
separation of H2O and O2 at the anode side. 

According to Fig. 5, inlet water of PEME is the mixture of three 
streams: make-up fresh water (stream 28), separated water from flue gas 
by partial dehumidification (stream 14) and produced water in the 
methanol synthesis unit (stream 96). It is worth mentioning that the 
operating temperature of PEME is constant at 80 ◦C. So, for heat inte-
gration and increasing the system’s efficiency, the inlet water stream is 
preheated with hydrogen and oxygen streams exiting the electrolyzer, 
and then it is heated in HX7 to reach the PEME temperature. Before 
entering the PEME, it is mixed with the unconverted water in the PEME 
outlet (stream 41). In the PEME reactor, the electrochemical water 
splitting reaction takes place. Then, hydrogen, oxygen, and the uncon-
verted water are fed into the electrolyzer splitter so that the cathode 
stream is separated from the anode one. The cathode flow (stream 36) 
contains pure hydrogen at 80 ◦C, which cools down to 35 ◦C in HX5 and 
goes to the compression section of the methanol synthesis unit. The 
anode side flow (stream 37), a mixture of oxygen and water, is fed to 
another splitter to purify oxygen (stream 38) and recycle the unreacted 
water. The pure oxygen is cooled down in HX6 and is stored as a valu-
able byproduct to be sold if wanted. The unconverted water is returned 
to the electrolyzer after increasing its pressure through a pump. 

Using Faraday’s law, the molar flow rate of produced hydrogen and 
oxygen and consumed water are as follows: 

Fig. 4. Simulated carbon capture unit in Aspen HYSYS.  

Table 3 
Design characteristics of absorber and regenerator columns.  

Parameter Absorber Regenerator Unit 

Column diameter 6 3 m 
Column height 12.19 12.19 m 
Packing type IMTP – metal (50 mm) IMTP – metal (50 mm) – 
Reflux ratio – 1.23 –  

Fig. 5. Process flow diagram of simulated PEME subsystem in Aspen HYSYS.  
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Ṅcons
PEME,H2O =

I
2F

(13)  

Ṅprod
PEME,H2

=
I

2F
(14)  

Ṅprod
PEME,O2

=
I

4F
(15) 

The necessary amount of hydrogen for methanol synthesis can be 
calculated stoichiometrically (by using Adj2). In this regard, the PEME 
subsystem is designed to produce 25 t/h of hydrogen. About 17.5% of 
the generated hydrogen is used in the methanol synthesis unit. The rest 
is stored to provide energy in cloudy or night times or other urgent cases 
or can be sold as a valuable product. 

Water electrolysis is a power-consuming process. So, it is necessary 
to determine PEME voltage and the rate of its required power. The 
following equation is used to calculate the necessary power of PEME: 

WPEME,stack = Vstack.I = Vcell.N.i.Acell (16) 

The cell voltage for PEME can be expressed as: 

Vcell = Urev + vact,a + vact,c + vohm + vconc (17) 

At low current densities, the concentration overpotential can be 
neglected [32]. The reversible or open-circuit potential can be deter-
mined using the Nernst equation [33]: 

Urev = U0
rev +

RT
nF

ln
(

pH2 .
̅̅̅̅̅̅̅pO2

√

aH2O

)

(18)  

U0
rev = 1.229 − 0.9 × 10− 3(T − 298.15) (19) 

For water-splitting reaction, n is 2, and aH2O is 1 for the liquid state. 
The activation overpotential of anode and cathode can be calculated 

by simplifying the Butler-Volmer equation [34]: 

vact,i =
RT
αiF

sinh− 1
(

i
2i0,i

)

, i = a, c (20)  

i0,i = iref
i exp

(
− Eact,i

RT

)

, i = a, c (21) 

where the charge transfer coefficient for both anode and cathode is 
equal to 1 (αa = αc = 1). 

The ohmic overpotential is mainly due to resistance to proton flow 
through the membrane and can be obtained from Ohm law [35]: 

vohm = Rmem.i =
δmem

σmem
.i (22)  

σmem = (0.5139λ − 0.326)exp
[

1268
(

1
303.15

−
1
T

)]

(23)  

λ =
( − 2.89556 + 0.016T) + 1.625

0.1875
(24) 

The values of constant parameters used for PEME modeling are listed 
in Table 4. 

To evaluate the performance of the electrolyzer subsystem, its effi-
ciency should be calculated, which is the ratio of produced hydrogen 
energy to total consumed power in the PEME stack: 

ηPEME =
ṀH2 .HHVH2

Wnet
(25)  

Wnet = WPEME,stack +QHX7 +WP5 (26) 

where HHV is the higher heating value of hydrogen and equals 
141.88 MJ/kg. 

2.4. Methanol synthesis subsystem 

In general, there are two methods for methanol production from 
carbon dioxide: 1) direct or one-step synthesis, in which CO2 and H2 are 
directly reacted, and methanol is generated, 2) indirect or two-step 
synthesis, where CO2 first converts into CO through the reverse water 
gas shift (RWGS), and then methanol is produced. It has been shown that 
the direct method has higher economic and energy efficiency [36]. 
Therefore, the direct method for converting carbon dioxide to methanol 
is considered in this study. Synthesis of methanol is an exothermic re-
action, and the following reactions co-occur in the reactor [7]: 

CO2 + 3H2 ↔ CH3OH +H2O , ΔH298.15 = − 49.25 (kJ/mol) (27)  

CO+ 2H2 ↔ CH3OH , ΔH298.15 = − 90.7 (kJ/mol) (28)  

CO2 +H2 ↔ CO+H2O , ΔH298.15 = + 41.16 (kJ/mol ) (29) 

The first two reactions are the hydrogenation of CO2 and CO to 
methanol (desired), respectively, and the third one is the reverse water 
gas shift (undesired). Following Le Chatelier’s principle, the methanol 
synthesis reaction is favored by increasing pressure and decreasing 
temperature. 

The proposed methanol synthesis unit in this paper is based on Van- 
Dal and Bouallou [37]. According to their work, the methanol synthesis 
has three main stages, including compression, reaction, and separation. 
The simulated methanol synthesis subsystem by Aspen HYSYS is 
depicted in Fig. 6. 

This process is designed to produce 518.88 t/day methanol. At first, 
CO2 and H2 are compressed to 78 bar. It should be noted that CO2 flow 
(stream 44) is the mixture of captured CO2 from flue gas and produced 
CO2 in the DMFC subsystem. It is fed at 1.013 bar and 34.8 ◦C. A series of 
four compressors with intercooling to 35 ◦C by cooling water is used to 
increase carbon dioxide pressure. These compressors (C2, C3, C4, and 
C5) are considered as reciprocating ones with a pressure ratio of about 
3.16 and an adiabatic efficiency of 85%. Because the CO2 stream is not 
pure and contains water vapor, part of this water is condensed after each 
intercooling and separated using knock-out drums (KO1, KO2, and 
KO3). These condensed streams are mixed and used in the DMFC sub-
system. Similarly, H2 (stream 42) is compressed from 1 bar and 35 ◦C to 
78 bar through four reciprocating compressors (C6, C7, C8, and C9) with 
intercooling to 35 ◦C. The pressure ratio of these compressors is about 
3.17, and their adiabatic efficiency is 85%. The outlet of the second 
compressor is divided into two streams after being cooled in HX12. One 
of these streams (stream 64) is used for methanol synthesis, while the 
other (stream 63) is sent to storage tanks. 

The outlets of these compressors are mixed and, after mixing with 
recycled stream (stream 81), are preheated to 210 ◦C with a fraction of 
the reactor outlet (stream 72) in HX14, entering the reactor. Using the 
kinetics of reactions (27) to (29) as proposed in [37], the gases react over 
15,975 kg of commercial Cu/ZnO/Al2O3 catalysts in an adiabatic fixed- 
bed plug flow reactor (MSR). For calculating the pressure drop inside the 
reactor, the Ergun equation was used. The reactor outlet (stream 71) 
contains hydrogen, carbon dioxide, methanol, water, and carbon mon-
oxide and reaches the temperature of 287.9 ◦C because the reaction is 
exothermic. This stream is divided into two flows: Stream 72 is used to 

Table 4 
Parameters used for PEME modeling.  

parameter Value Unit Refs. 

T 80 C̊ – 
pH2 = pO2  1.5 bar – 

irefa  1744271.56 A/m2 [34] 

irefc  4597.14 A/m2 [34] 

Eact,a  76 kJ/mol [34] 
Eact,c  18 kJ/mol [34] 
δmem  50 µm [34]  
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preheat the reactor feed in HX14, and stream 73 is used as a hot flow in 
the reboiler of the distillation column and in HX16. Through this heat 
integration, the temperature of these two streams decreases to around 
83 ◦C, and then, they are remixed. 

Besides, stream 75 cools down to 35 ◦C in HX15 using the cooling 
water. Thus, methanol and water are liquefied. This two-phase stream 
enters the flash drum (V2), where liquid methanol and water are sepa-
rated from the unreacted gas. To prevent the accumulation of inert gases 
and byproducts in the reaction loop, 1% of unreacted gases are purged, 
and the remaining 99% are re-pressurized by the centrifugal compressor 
(C10) and recycled back to mix with a fresh feed of reactor inlet. The 
outflow stream from the bottom of the flash drum is throttled through 
two valves to 1.6 bar and then enters another flash drum (V3). The gas 
phase of drum V3 is purged, and its liquid phase, a mixture of methanol 
and water, is heated to 80 ◦C in HX16 and fed to the distillation column. 
The distillation column consists of 40 trays (fed at tray 25 from top), a 
partial condenser, and a reboiler. The reflux ratio of the column is 1.42, 
which leads to 50 ppbwt methanol in the bottom stream and 75 ppmwt 
water in the top product. The methanol in the top product stream is 
99.86 wt% pure at vapor state. It is 64.1 ◦C but needs to be cooled to 
35 ◦C and become liquid. Therefore, it is compressed to 1.2 bar with a 
centrifugal compressor (C11) and cooled using cooling water in HX17 
and then enters the flash drum (V4) where remaining inert and 
unreacted gases are separated. The bottom product of the distillation 
column is pure water, so it is pumped through P6 to reach the pressure of 
the water electrolyzer subsystem. 

It is better to reuse the purge streams, which contain valuable H2, 
methanol, and CO to increase the efficiency of the methanol synthesis 
subsystem. Hence, the purge streams from V2, V3, and V4 are mixed and 
combusted with air in the boiler for steam generation. This steam can be 
used in the upstream carbon capture unit or elsewhere when needed. 
The boiler is modeled as one conversion reactor in which the combustion 
takes place. Two heat exchangers are considered for heat transfer be-
tween combustion gases and boiler feed water (BFW). Through Adj3, the 
inlet air flow rate to the boiler is adjusted to set the flame’s temperature 
at 1250 ◦C. The combustion chamber outlet enters HX18 and generates 
8547 kg/h high pressure steam at 380 ◦C and 42 bar. The efficiency of 
the boiler is set at 85% using Set4. The flue gas of the boiler (stream 2) is 
mixed with the system feed (stream 1), so its CO2 content can be 
recovered in carbon capture unit. The combustion reactions in the boiler 

are as follow: 

H2 +
1
2
O2→H2O (30)  

CO+
1
2

O2→CO2 (31)  

CH3OH +
3
2
O2→CO2 + 2H2O (32) 

Kinetics of reactions. In this study, the modified kinetic model 
expressed in [37] is used for methanol synthesis, and RWGS rate cal-
culations. Pressures are in Pa and temperatures are in K. These equations 
are as follows. 

rCH3OH =

k1pCO2 pH2 − k6
pH2 OpCH3 OH

p2
H2

(

1 + k2
pH2 O

pH2
+ k3

̅̅̅̅̅̅̅pH2

√
+ k4pH2O

)3

[
kmol
kgcats

]

(33)  

rRWGS =
k5pCO2 − k7

pH2OpCO
pH2

1 + k2
pH2O

pH2
+ k3

̅̅̅̅̅̅̅pH2

√
+ k4pH2O

[
kmol
kgcats

]

(34)  

lnki = Ai +
Bi

T
, i = 1 : 7 (35) 

The constants of these equations and characteristics of catalyst par-
ticles are shown in Table 5 and Table 6, respectively [37]. 

The thermodynamic performance of the methanol synthesis subsys-
tem can be evaluated by various parameters. One of these parameters is 
carbon dioxide conversion and can be calculated in two ways: the CO2 

Fig. 6. Simulated methanol synthesis subsystem in Aspen HYSYS.  

Table 5 
Constants of the kinetic model.  

Index (i) A B 

1 − 29.87 4811.2 
2 8.147 0 
3 − 6.452 2068.4 
4 − 34.95 14928.9 
5 4.804 − 11797.5 
6 17.55 − 2249.8 
7 0.131 − 7023.5  
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conversion in the reactor and the whole MSU. 

XCO2 ,i(%) =

⎛

⎝
Ṅin

CO2
− Ṅout

CO2

Ṅin
CO2

⎞

⎠

i

× 100 , i = reactor, unit (36) 

Methanol selectivity and methanol yield are the other thermody-
namic metrics for MSU. Methanol selectivity is that fraction of consumed 
carbon dioxide that converts to methanol instead of other byproducts. 
Methanol yield is defined as the ratio of produced methanol in MSR to its 
inlet CO2 as a raw material. 

SelectivityCO2 (%) =

⎛

⎝Ṅout
MeOH − Ṅin

MeOH

Ṅin
CO2

− Ṅout
CO2

⎞

⎠× 100 (37)  

YieldCO2 (%) =

⎛

⎝Ṅout
MeOH − Ṅin

MeOH

Ṅin
CO2

⎞

⎠× 100 (38)  

2.5. Direct methanol fuel cell subsystem 

A part of the generated methanol can be used to generate stable 
power. The easiest way is to use a direct methanol fuel cell (DMFC), 
where liquid methanol solution is directly fed to the stack as the fuel. 
The most serious issue in this regard, which is unavoidable, is the 
crossover of the methanol from the membrane. Even with the most 
frequent type of electrolyte used in this type of fuel cell, methanol can 
dissolve it. This phenomenon lowers the performance and efficiency of 
the DMFC [38,39]. The electrochemical reactions at anode and cathode 
electrodes of DMFC and the overall reaction are as follows: 

anode : CH3OH +H2O→6H+ + 6e− +CO2 (39)  

cathode :
3
2
O2 + 6H+ + 6e− →3H2O (40)  

overall : CH3OH +
3
2

O2→2H2O+CO2 (41) 

The consumption and production rate of species in DMFC can be 
defined using Faraday’s law: 

Ṅcons
DMFC,MeOH,a = Ṅcons

DMFC,H2O,a = Ṅprod
DMFC,CO2 ,a =

I
6F

(42)  

Ṅcons
DMFC,O2 ,c =

I + Ixover

4F
(43)  

Ṅprod
DMFC,H2O,c =

3I + 2Ixover

6F
(44)  

Ṅcons
DMFC,MeOH,c =

Ixover

6F
(45) 

It is worthwhile to mention that the crossover methanol from the 
anode to the cathode through the membrane is completely consumed at 
the cathode side. This methanol crossover through the membrane is 
because of electro-osmotic drag (EOD) and diffusion. So, it can be 
concluded that: 

Ṅcons
DMFC,MeOH,c = Ṅcross

MeoH,mem (46)  

Ṅcross
MeOH,mem = Ṅeod

MeOH,mem + Ṅdiff
MeOH,mem = nd,MeOH

I
F
+Deff

MeOH,mem
CMeOH |acl

δmem
.N.Acell

(47) 

The EOD coefficient of methanol is a function of water EOD coeffi-
cient and methanol and water concentration in the anode catalyst layer 
[40]: 

nd,MeOH = nd,H2O
CMeOH

CH2O

⃒
⃒
⃒
⃒

acl
(48)  

nd,H2O = 1.6767+ 0.0155 × (T − 273.15)+ 8.9074 × 10− 5 × (T − 273.15)2

(49) 

Also, Bruggeman correlation is used for calculating the effective 
diffusion coefficient [40]: 

Deff
MeOH,mem = ε1.5DMeOH,mem (50)  

DMeOH,mem = 4.9 × 10− 10exp
[

2436
(

1
333.15

−
1
T

)]

(51) 

The generated electrical power by DMFC stack can be expressed as: 

WDMFC,stack = Vstack.I = Vcell.N.i.Acell (52) 

where Vcell is the cell voltage and can be obtained if all overpotentials 
are subtracted from the thermodynamic equilibrium voltage: 

Vcell = Urev − vkin,a − vkin,c − vohm − vcont (53) 

The kinetic of the methanol oxidation reaction (MOR) expressed by 
Meyers and Newman [41] is used for calculating the electrochemical 
reaction rate at the anode side. On the other hand, the first-order Tafel- 
based kinetic [42] is used for oxygen reduction reaction (ORR) at the 
cathode side. For both anode and cathode, the charge transfer coefficient 
is equal to 0.5 (αa = αc = 0.5): 

anode MOR : i = i0,a

CMeOH |aclexp
(

αaF
RT vkin,a

)

CMeOH |acl + Kreacexp
(

αaF
RT vkin,a

) (54)  

cathode ORR : i+ ixover = i0,c

(
CO2 |ccl

Cref
O2

)

exp
(

αcF
RT

vkin,c

)

(55) 

The exchange current densities for the anode and the cathode sides 
are given by [43]: 

i0,i = iref
i exp

[
Eact,i

R

(
1

353.15
−

1
T

)]

, i = a, c (56) 

By rearranging equations (54) and (55), the values of kinetic losses 
due to the MOR and ORR can be obtained: 

vkin,a =
RT
αaF

ln
(

iCMeOH |acl

i0,aCMeOH |acl − iKreac

)

(57)  

vkin,c =
RT
αcF

ln

[
i + ixover

i0,c

(
Cref

O2

CO2 |ccl

)]

(58) 

The membrane ohmic overpotential can be calculated by equation 
(22), as described in the electrolyzer subsystem, where: 

σmem = (0.5139λ − 0.326)exp
[

1268
(

1
333.15

−
1
T

)]

(59) 

Finally, the contact resistance overpotential can be obtained from the 
following equation: 

vcont = iRcont (60) 

The cell efficiency of DMFC is the product of three types of efficiency 

Table 6 
Characteristics of catalyst particles.  

Parameter Value Unit 

Density 1775 kg/m3 

Diameter 5.5 mm 
Fixed bed porosity 0.5 –  
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- the theoretical one (ηth), the voltage one (ηvolt) and the fuel one (ηfuel): 

ηcell = ηthηvoltηfuel (61)  

ηth =
ΔG
ΔH

(62)  

ηvolt =
Vcell

Urev
(63)  

ηfuel =
i

i + ixover
(64) 

While for calculating the overall efficiency of the stack, the following 
equation should be used: 

ηDMFC =
WDMFC,stack

Wnet
(65)  

Wnet = ṀMeOH .HHVMeOH +QHX20 +QHX21 +WP8 +WB2 (66) 

The value of HHV for methanol equals 22.7 MJ/kg. Table 7 lists the 
values of constant parameters used for modeling of DMFC in Aspen 
HYSYS. 

Like PEME, the fuel cell is not a standard pre-defined component in 
Aspen HYSYS. So DMFC is developed using a series of in-built process 
equipment that can provide a similar process. The DMFC relevant 
flowsheet is depicted in Fig. 7. This developed model consists of two 
conversion reactors: the first one for the overall reaction and the second 
one for the reaction occurring at the cathode side because of methanol 
crossover. Moreover, one component splitter for separating the anode 
and cathode sides, three SET logical operations (Set5, Set6, and Set7) for 
matching streams temperature, and two adjust logical operations (Adj5 
and Adj6) for adjusting the split fraction between anode and cathode 
streams are integrated into DMFC stack. 

As shown, 3277.71 kg/h of methanol stream, which is about 15% of 
the total produced methanol in MSU, is sent to the DMFC subsystem. The 
considered inlet concentration of methanol in the DMFC stack is 2 M. So 
pure methanol is diluted in a fuel-tank where five streams are mixed: 
Stream 94 (main methanol from MSU), stream 58 (liquid outlet from 
CO2 compression Knock-out drums), streams 126 and 127, which are 
liquid outlets from flash drums of DMFC cathode and anode sides, 
respectively, and stream 107 (pure water). The flow rate of pure water 
inlet is adjusted through Adj4 so that the concentration of the outlet 
stream from the fuel-tank becomes the desired one. 

The prepared fuel enters the pump (P8) to compensate for the 
pressure drop in the subsequent heat exchanger. Parallel to the methanol 
solution, the needed air at the cathode side is sucked from the atmo-
sphere employing the blower. These two streams enter the fuel cell stack 
after being heated to 50 ◦C (operating temperature of DMFC) in HX20 
and HX21. Here, the overall reaction of DMFC takes place. Outlet 
streams of the reactor enter the DMFC splitter, where the components 

are split into anode and cathode streams. Adj4 and Adj5 set the split 
fractions inside the splitter so that the consumption and production rates 
of species are balanced. The anode stream (stream 118), which contains 
produced CO2 alongside unreacted methanol and water, is fed to the 
flash drum (V6), and its liquid and gas phases are separated. The liquid 
phase is recycled back to the fuel tank, while the gas phase, which is 
mainly carbon dioxide (stream 128), is sent back to the suction of CO2 
compressors in the MSU. The cathode stream (stream 117) consists of 
air, produced water, and crossed over methanol. This methanol reacts 
completely on the cathode side, according to equation (41). The outlet 
stream of the cathode side (stream 121) is fed to the flash drum (V5), in 
which its gaseous phase is vented to the atmosphere, while its liquid 
phase (stream 126) is recycled back to the fuel tank. 

3. System analysis 

After arranging the subsystems with optimum heat and mass inter-
action in the overall multigeneration system, all equations in the pre-
vious section with mass and energy conservation laws are implemented. 
Also, exergy analysis, originating from the second law of thermody-
namics, is applied for each subsystem. Finally, defining energy and 
exergy efficiencies ensures a comprehensive investigation of the pro-
posed system. 

The second law of thermodynamic introduces the exergy concept. 
Exergy is the maximum obtainable work of a system as it passes from its 
initial state to a dead state and doing heat and work interactions only 
with its surroundings. In other words, exergy is the minimum work 
required to change the system from a dead state to a chosen state. So, the 
exergy analysis of a system or process detects the quantity and origin of 
energy losses, which is unattainable with energy analysis. Since energy 
resources are limited, and their optimal use is necessary, exergy analysis 
has gained great attention. It can be used to design new systems and 
optimize existing plants, so energy waste is decreased as much as 
possible. 

If electrical, magnetic, nuclear, and surface tension effects, besides 
kinetic and potential exergy changes, are neglected, the exergy of a 
stream is the sum of its physical and chemical exergies: 

Ė = Ėph + Ėch (67) 

The physical exergy of a stream is the maximum possible work ob-
tained when it changes reversibly from its initial state to the limited 
dead or environmental state: 

Ėph =
∑

Ṅi

[(

hi − hamb
i

)

− Tamb

(

si − samb
i

)]

(68) 

The chemical exergy of a stream is the maximum work attained when 
it changes from a limited dead state to the real dead state. For an ideal 
gas mixture, the chemical exergy is calculated as: 

Ėch =
∑

Ṅiech
i + RTamb

∑
Ṅilnyi (69) 

The exergy balance of a component under steady-state condition can 
be written as: 

Ėdes,k =
∑

j

(

1 −
Tamb

Tj

)

Qj − Wcv +
∑

in
Ėin−

∑

out
Ėout (70) 

The equation mentioned above states that the system inlet exergy is 
more than its outlet exergy since the irreversibilities cause some exergy 
destruction. 

As shown in Fig. 1, all the subsystems interact to produce the desired 
products with maximum heat and material recovery. The overall system 
can be considered as one control volume operating at a steady state. In 
this case, the overall system’s energy efficiency can be defined as the 
ratio of the whole valuable products to the total amount of useful inputs. 
The outputs of the system are: the power of ORC turbine; produced 
power of DMFC; stored hydrogen in stream 63; generated methanol in 

Table 7 
Parameters used for DMFC simulation.  

parameter value Unit Ref. 

T 50 C̊ – 
p 1 atm – 
ε  0.5 – [38] 

irefa  94.25 A/m2 [43] 

irefc  0.0422 A/m2 [43] 

Eact,a  35,570 J/mol [43] 
Eact,c  73,200 J/mol [43] 
Kreac  0.2 1/s [44] 

Cref
O2  

0.472 mol/m3 [40] 

δmem  50 µm [38] 
Rcont  0.45 × 10-4 Ωm2 [45]  
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Fig. 7. Process flow diagram of simulated DMFC subsystem in Aspen HYSYS.  

Table 8 
Comparison of the proposed trigeneration system plant to other systems.  

Case 
study 

System type Fuel Application Advantageous Drawbacks Efficiencies 

Present 
work 

Trigeneration 
methanol, 
hydrogen, and 
power system 

Flue gas and solar 
energy 

- Commercial 
application- 
Small industries 

- Reduction in emitted CO2- 
Additional power generation- 
methanol and hydrogen production 
by carbon capture 

- Solar panels may be expensive- 
The system is bulky 

- Energy 
efficiency =
66.84%- Exergy 
efficiency =
55.10% 

Boretti  
[10] 

Methanol 
production system 

Carbon dioxide from 
oxy-fuel combustion 
and solar/wind 
renewable energy 

Industrial use - Reduction in environmental 
carbon pollutant- Methanol seems a 
better, safer, and easier option than 
hydrogen for transportation, 
distribution, and small/ high power 
density utilization 

A significant amount of renewable 
energy is necessary 

– 

Sayah et al. 
[11] 

Methanol 
production system 

Flue gas and wind 
energy 

Commercial 
application 

- Zero carbon emission- Methanol 
production- Compatibility with Iran 
condition- Can compete with 
conventional methanol synthesis 
options- Lowering methanol and 
steam intensity- Lower cost 

- The detailed cost estimation 
depends on the energy source- A 
separate unit for methanol 
synthesis affects the product cost 

– 

Esmaili 
et al.  
[12] 

Hydrogen and 
methanol 
production system 

Carbon dioxide and 
solar energy 

Commercial and 
industrial 
applications 

- Zero carbon emission- Compact 
structure- Improved efficiency 

- Heat and water management 
should be considered- Dependent 
on solar radiation 

Energy and 
exergy 
efficiencies =
55%-90% 

Atsonios 
et al.  
[14] 

Methanol 
production system 

Flue gas and 
electricity from the 
grid or renewable 
energy source 

Commercial 
application 

- Lowering carbon dioxide 
emission- Additional power 
generation with a Power-to-fuel 
integrated system 

- Hydrogen production cost has a 
significant impact- Carbon dioxide- 
based fuels do not share much in 
the global market 

– 

Rivarolo 
et al.  
[15] 

Methanol 
production system 

Solar/wind/ 
hydroelectric energy 
and biogas/external 
plant carbon dioxide 

Industrial 
application 

- Zero carbon emission- No fossil 
fuel consumption for hydrogen 
generation- Biogas configuration 
has the best performance 

- The presented configurations do 
not seem viable yet- If any 
interruption happens in providing 
renewable energy, the necessary 
power should be extracted from the 
grid- The renewable sources are not 
available throughout the year 

– 

Nami et al. 
[16] 

Methanol, 
hydrogen, and 
power production 
system 

Carbon dioxide from 
the S-Graz cycle and 
renewable hydrogen 

Industrial 
application 

- Zero-emission- Good equipment 
integration 

The cost is the main factor – 

Alsayegh 
et al.  
[22] 

Methanol 
production system 

Carbon dioxide and 
solar energy 

Industrial 
application 

- Simplicity- Zero carbon emission - Special attention should be paid 
to heat and hydrogen to carbon 
ratio management- Further 
research and investigations are 
needed 

Energy efficiency 
= 28.18% 

Matzen 
et al.  
[23] 

Methanol and 
dimethyl ether 
cogeneration 
system 

Carbon dioxide from 
the ethanol 
fermentation process 
and wind-based 
hydrogen 

Commercial 
application 

- Lower carbon dioxide emission- 
Renewable energy usage 

- Its feasibility is under doubt- 
System complexity 

–  
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stream 93; and produced steam. Also, the overall system’s inputs are the 
consumed power of all compressors and pumps; the necessary power of 
water electrolyzer; and consumed steam for heating. Hence, the energy 
efficiency of the proposed multigeneration system can be defined as: 

ηoverall =
WT1 + WDMFC,stack + ṀH2 .HHVH2 + ṀMeOH .HHVMeOH + Qprod

steam

Wtot
C + Wtot

P + WPEME,stack + Qcons
steam

(71) 

Likewise, exergy efficiency is defined as: 

ηexergy =

WT1 + WDMFC,stack + ṄH2 .ech
H2

+ ṄMeOH .ech
MeOH + Qprod

steam

(

1 − Tamb
Tprod

b,steam

)

Wtot
C + Wtot

P + WPEME,stack + Qcons
steam

(

1 − Tamb
Tcons

b,steam

)

(72)  

4. Results and discussion 

In this section, the results of the base case and parametric studies are 
presented and discussed in detail. The proposed trigeneration system in 
this paper is compared to other systems with various fuels or prime 
movers in Table 8 that shows relatively better performance. 

4.1. Base case 

Table 9 and Table 10 show the mass and energy balance for the 
proposed system, respectively. According to Table 9, a tremendous 
amount of oxygen is produced in the PEM electrolyzer through water 
splitting. As listed in Table 10, the PEM electrolyzer has the highest 
share in the system power consumption rate. On the other hand, ORC 
power consumption is the lowest. Also, the conditions of the streams are 
listed in Table 11. 

In Table 12, the main performance parameters of the subsystems and 
overall system are given. The overall system’s energy and exergy effi-
ciencies in the base case condition are 66.84% and 55.10%, respectively. 

Fig. 8 reveals the share of each subsystem in the total exergy 
destruction rate. As can be seen, the PEME subsystem has the highest 
effect on the system exergy destruction, which is mainly due to its 
enormous power consumption rate. However, ORC owns a negligible 
share because there is no reaction in it. 

4.2. Parametric study 

4.2.1. Organic Rankine cycle 
Fig. 9 shows the effect of changing turbine inlet pressure on ORC 

efficiency for different values of turbine inlet temperature. It is worth 
mentioning that the outlet temperature of flue gas from the evaporator is 
constant. According to this figure, at a constant turbine inlet tempera-
ture, an increase in the turbine inlet pressure leads to a rise in ORC ef-
ficiency. As the flue gas temperature is unchanged, the input energy of 
ORC, QHX1, is constant. Higher turbine inlet pressure means more tur-
bine power production and pump power consumption. The overall result 
is the increase of the ORC net generated power and, consequently, ORC 
efficiency. Furthermore, ORC efficiency decreases as the turbine inlet 
temperature increases for a definite turbine inlet pressure. The ORC 
cycle flowrate decreases when the turbine inlet temperature increases 

since ORC input energy is constant. Hence, the turbine generated power, 
ORC net power, and cycle efficiency decrease by selecting a higher 
turbine inlet power. 

4.2.2. Carbon capture 
The temperature and gas-phase CO2 molar flowrate profiles inside 

the absorber column are shown in Fig. 10. As expected, the CO2 flowrate 
decreases while moving up the absorber column due to the carbon 
capture process. The absorption rate is fast at the bottom stages, but it 
gets slow at the upper stages since carbon removal approaches its 
maximum value and equilibrium condition. Meanwhile, temperature 
increases at first and reaches its maximum value (73.97 ◦C) at stage 4, 
and decreases afterward. The shape of the temperature profile and its 
peak depends on such parameters as the liquid to gas ratio, solvent 
properties, the heat of absorption reaction, column height, and carbon 
concentration in the flue gas [46]. 

4.2.3. Water electrolyzer 
To ensure that the simulation of PEME in Aspen HYSYS software is 

done correctly, the V-i curve of PEME in this work is compared with data 
reported in [47] and is depicted in Fig. 11. This figure indicates a good 
agreement between them, and the maximum relative error is 1.4%. So, it 
can be concluded that the PEME simulation block in this work can 
predict electrolyzer performance precisely. 

Heat demand of PEME, i.e., TΔS, and its heat generation due to ir-
reversibilities, i.e., overpotentials, are demonstrated in Fig. 12. Ac-
cording to this figure, generated heat increases with current density 
because activation and ohmic overpotential terms directly relate to the 
electrolyzer current density (Eqs. (20), 22). Moreover, it is observed that 
in all values of current density, PEME heat demand is less than its pro-
duced heat. Hence, there is no need to provide extra heat from any 
external source, and the excess heat should be emitted to keep the PEME 
at a constant temperature. 

Fig. 13 shows the effect of current density on the electrolyzer elec-
trical power input and the generated hydrogen energy output. It is 
evident that both energy input and energy output increase with 
increasing electrolyzer current density. However, the rate of power de-
mand increase is much higher than that of produced hydrogen. It leads 
to PEME energy efficiency reduction, as depicted in Fig. 14. Energy ef-
ficiency decreases more rapidly when i less than 1000 A/m2. Afterward, 
it has a linear reduction approach. Also, referring to Fig. 14, electrolyzer 
voltage gets higher values at higher current densities. This trend is due 
to the direct effect of increasing current density on the overpotentials, as 
in Eqs. (20), 22. According to these equations, by increasing the cell’s 
temperature, the overpotentials will decrease, which causes a decrease 
in cell potential and an increase in efficiency. For example, when tem-
perature increases from 40 ◦C to 80 ◦C at i = 4400 A/m2, electrolyzer 
efficiency experiences a rise of 2.6%. 

4.2.4. Methanol synthesis unit 
Figs. 15-17 depict the variations of methanol concentration, CO2 

conversion, and temperature profiles along the reactor axial distance at 
five different inlet temperatures. At first, carbon dioxide is converted to 
methanol through a hydrogenation reaction and to carbon monoxide 
through a reverse water–gas shifting reaction. These reactions lead to an 
increase in methanol concentration and carbon dioxide conversion, as 
shown in Fig. 15 and Fig. 16, respectively. As mentioned in Eqs. 27–29, 
hydrogenation reaction is exothermic, but reverse shifting reaction is 
endothermic. Since hydrogenation reaction rate is more than the RWGS 
reaction, the overall thermal effect is the rise of reactor temperature in 
Fig. 17. As the stream proceeds in the reactor, the concentration of CO2 
decreases, and both reactions attain a thermodynamic equilibrium state 
at a definite distance from the reactor inlet. At this point, methanol 
concentration, CO2 conversion, and reactor temperature are at their 
peak. The place and properties of the equilibrium point depend strongly 
on the inlet temperature. As demonstrated in Figs. 15-17, higher inlet 

Table 9 
Mass balance.  

Component In (t/h) Out (t/h) 

CO2 31.38  5.66 
H2 0  20.61 
MeOH 0  18.34 
H2O 249.5  44.4 
CO 0  0.0004 
O2 28.41  219.86  
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Table 10 
Energy balance.  

Unit Input energy (MW) Output energy (MW) 
Electrical Thermal Chemical Electrical Thermal Chemical 

ORC 0.047  –  –  1.132  –  – 
CC 3.926  31.56  –  –  –  – 
PEME 1320  7.945  –  –  –  985.28 
MSU 37.28  –  173.015  –  6.329  136.33 
DMFC 0.56  0.202  20.668  1.819  –  –  

Table 11 
Stream’s conditions.  

St. No. 1 2 3 4 5 6 7 8 9 

m (t/h) 170 20.45 190.45 190.45 72.85 72.85 72.85 72.85 72.85 
T (̊C) 220 220 220 50 110 67.67 30 30 30.73 
P (bar) 0.95 0.95 0.95 0.75 14 3.2 3 3 14.2 
St. No. 10 11 12 13 14 15 16 17 18 
m (t/h) 190.45 190.45 190 0.45 0.45 472.5 179.3 483.2 483.2 
T (̊C) 119.2 45 45 45 45.01 45 65.46 49.93 49.96 
P (bar) 1.4 1.2 1.2 1.2 3 1.4 1 1.1 2.5 
St. No. 19 20 21 22 23 24 25 26 27 
m (t/h) 483.2 30.41 452.8 452.8 452.8 19.67 0.03 472.5 472.5 
T (̊C) 105 35.17 120.5 120.6 57.65 57.65 57.65 60.01 45 
P (bar) 2 1.7 1.9 2.4 1.9 1.9 1.9 1.9 1.4 
St. No. 28 29 30 31 32 33 34 35 36 
m (t/h) 210.4 223.4 223.4 223.4 223.4 279.2 279.2 0 25 
T (̊C) 25 29.37 45.88 50.46 80 80 80 80 80 
P (bar) 3 3 2.5 2 1.5 1.5 1.5 1.5 1.5 
St. No. 37 38 39 40 41 42 43 44 45 
m (t/h) 254.2 198.4 55.8 55.8 55.8 25 198.4 32.53 32.53 
T (̊C) 80 80 80 80 80.01 35 55.88 34.79 133.7 
P (bar) 1.5 1.5 1.5 1.5 1.55 1 1 1.013 3.2 
St. No. 46 47 48 49 50 51 52 53 54 
m (t/h) 32.53 32.26 0.27 32.26 32.26 32.07 0.19 32.07 32.07 
T (̊C) 35 35 35 134.4 35 35 35 136.3 35 
P (bar) 2.7 2.7 2.7 8.54 8.04 8.04 8.04 25.4 24.9 
St. No. 55 56 57 58 59 60 61 62 63 
m (t/h) 32.01 0.06 32.01 0.52 25 25 25 25 20.61 
T (̊C) 35 35 140.5 35 179.4 35 179.5 35 35 
P (bar) 24.9 24.9 78 2.7 3.17 2.67 8.46 7.96 7.96 
St. No. 64 65 66 67 68 69 70 71 72 
m (t/h) 4.39 4.39 4.39 4.39 36.4 170.4 170.4 170.4 93.71 
T (̊C) 35 179.6 35 179.2 156.5 61.03 210 287.9 287.9 
P (bar) 7.96 25.25 24.75 78 78 78 77.5 76.47 76.47 
St. No. 73 74 75 76 77 78 79 80 81 
m (t/h) 76.69 93.71 170.4 170.4 135.9 34.5 134.5 134.5 134.5 
T (̊C) 287.9 82.62 83.25 35 35 35 35 39.7 39.7 
P (bar) 76.47 74.97 74.97 74.47 74.47 74.47 74.47 78 78 
St. No. 82 83 84 85 86 87 88 89 90 
m (t/h) 34.5 34.5 34.18 34.18 21.66 12.52 76.69 76.69 21.66 
T (̊C) 35.26 34.66 34.66 80 64.13 101.8 151.5 84.08 77.2 
P (bar) 12 1.6 1.6 1.1 1 1.08 75.97 75.47 1.2 
St. No. 91 92 93 94 95 96 97 98 99 
m (t/h) 21.66 21.64 18.36 3.28 12.52 12.52 1.74 18.71 18.71 
T (̊C) 35 35 35 35 101.8 101.8 30.51 25 33.31 
P (bar) 1 1 1 1 3 3 1 1.013 1.1 
St. No. 100 101 102 103 104 105 106 107 108 
m (t/h) 20.45 0 20.45 20.45 8.55 8.55 8.55 3.18 53.94 
T (̊C) 1250 1250 1250 220 120 120.5 380 25 47.57 
P (bar) 1 1 1 0.95 2 43 42 2 1 
St. No. 109 110 111 112 113 114 115 116 117 
m (t/h) 53.94 53.94 86.55 86.55 86.55 95.33 45.16 140.5 101.8 
T (̊C) 47.58 50 25 48.01 50 50 50 50 50 
P (bar) 1.313 1.013 1.013 1.267 1.013 1.013 1.013 1.013 1.013 
St. No. 118 119 120 121 122 123 124 125 126 
m (t/h) 38.74 91.46 10.29 101.8 91.46 10.29 2.13 36.61 10.29 
T (̊C) 50 50 50 50 50 50 50 50 50 
P (bar) 1.013 1.013 1.013 1.013 1.013 1.013 1.013 1.013 1.013 
St. No. 127 128   Purge1 Purge2 Purge3 Purge4 Purge5 
m (t/h) 36.61 2.13   0 1.4 0.32 0.02 0 
T (̊C) 50 50   60.01 35 34.66 35 47.57 
P (bar) 1.013 1.013   1.9 74.47 1.6 1 1  
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temperature leads to the earlier establishment of equilibrium condition, 
so the equilibrium distance from the reactor inlet decreases. The reason 
is that high inlet temperature improves the kinetic rate of both reactions. 
At an inlet temperature of 200 ◦C, the reactions are kinetically so limited 
and slow that no equilibrium state is achieved inside the reactor. At the 
inlet temperature of 210 ◦C, both reactions occur at a high rate, and 
hence, maximum equilibrium methanol concentration and CO2 con-
version are gained. If the reactor inlet temperature is more than 210 ◦C, 
RWGS attains its equilibrium earlier and then proceeds in the reverse 
direction, resulting in the lower equilibrium methanol concentration 
and CO2 conversion. In other words, the exothermic nature of CO2 hy-
drogenation prefers low inlet temperature. On the other hand, very low 
temperature slows down the kinetic rates of the reactions. So, there is an 
optimum inlet temperature that can satisfy these two contradictory is-
sues, and it is 210 ◦C in this case. Furthermore, the higher the inlet 
temperature, the higher the reactor temperature, as in Fig. 17. 

In Fig. 18, the effect of inlet temperature and pressure on carbon 
dioxide conversion is plotted. According to Fig. 15-Fig. 17, at 200 ◦C, the 
reactions inside the reactor did not reach an equilibrium state. There-
fore, with increasing temperature, the rate of reactions is increased, 
leading to an increase in the CO2 conversion. Also, according to these 
figures, at 210 ◦C and above, the reactions reach equilibrium. So, in 
these conditions, Le Chatelier’s principle can be applied. Since the 
overall reaction of methanol synthesis is exothermic, the conversion of 

Table 12 
Performance parameters of the subsystems and overall system.  

Parameter Value 

ORC  
Wnet,ORC (kW) 1085 
ηORC (%) 11.15 
CC  
CO2 recovery (%) 90.74 
Reboiler duty (GJ/tCO2) 3.79 
Lean loading (mol CO2/mol MEA) 0.203 
Rich loading (mol CO2/mol MEA) 0.496 
pHlean 9.79 
pHrich 8.52 
PEME  
Current density (A/m2) 7186 
Voltage (V) 1.986 
Power (MW) 1320 
ηPEME (%) 74.20 
MSU  
CO2 conversion in the reactor (%) 21.30 
CO2 conversion in the unit (%) 94.84 
Methanol selectivity (%) 97.70 
Methanol yield (%) 20.81 
Methanol production (t/d) 518.88 
DMFC  
Current density (A/m2) 2082 
Voltage (V) 0.25 
Power (MW) 1.82 
ηcell (%) 8.83 
ηDMFC (%) 8.49 
Overall energy efficiency (%) 66.84 
Overall exergy efficiency (%) 55.10  

Fig. 8. Portion of each subsystem in total exergy destruction.  

Fig. 9. Effect of turbine inlet pressure on ORC efficiency at different values of 
turbine inlet temperature. 

Fig. 10. Profiles of temperature and gas-phase CO2 molar flowrate inside the 
absorber column. 

Fig. 11. Simulation results of PEME from present work versus experi-
mental data. 
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CO2 decreases with increasing temperature. As a result, when the tem-
perature rises from 200 ◦C to 275 ◦C at constant pressure, CO2 conver-
sion first increases to a maximum value, then decreases linearly. The 
value of maximum CO2 conversion depends on the reactor inlet pres-
sure, but it always occurs at a temperature of about 210 ◦C. Also, Fig. 18 
demonstrates that the effect of changing inlet pressure on the CO2 
conversion is related to the reactor inlet temperature. In other words, if 
the reactor inlet temperature is less than 210 ◦C (temperature of the 
maximum point), CO2 conversion worsens as inlet pressure rises. 

However, when the inlet temperature is more than 210 ◦C, CO2 con-
version and inlet pressure directly relate. As inlet pressure increases, 
hydrogenation reactions (Eq. (27), 28) move forward according to Le 
Chatelier’s principle. Hence more amount of methanol is produced, and 
CO2 conversion rises. Moreover, the dependence of CO2 conversion on 
the pressure is intensified for higher temperatures. For instance, 
changing pressure from 50 to 80 bar at a temperature of 200 ◦C causes a 
1.583% decrease in CO2 conversion, while, at 250 ◦C, the increase of 
CO2 conversion is 5.097%. 

Fig. 12. Comparison between heat demand and produced heat of PEME 
at 80 ◦C. 

Fig. 13. Effect of electrolyzer current density on electrical input power and 
generated hydrogen energy at 80 ◦C. 

Fig. 14. Effect of temperature on electrolyzer voltage and energy efficiency.  

Fig. 15. Effect of reactor inlet temperature on the methanol concentration 
profile at 75 bar. 

Fig. 16. Effect of reactor inlet temperature on CO2 conversion profile at 75 bar.  

Fig. 17. Effect of reactor inlet temperature on temperature profile at 75 bar.  
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4.2.5. Direct methanol fuel cell 
The obtained results for the DMFC are compared with the experi-

mental data in [48] in the form of a cell voltage-current density plot at 
the same operating conditions to validate the simulation of the DMFC in 
this work. As shown in Fig. 19, there is a good agreement between them, 
and the developed model can predict the behavior of DMFC very well. 
The deviation at low values of current density is due to the kinetic ex-
pressions of MOR and ORR, Eqs. (54) and (55), and their parameters, Eq. 
(56). On the other hand, deviation at high current density is attributed to 
limited reaction rates and liquid fuel diffusion rate, beside the ignorance 
of two-phase effects in the simulation code. 

The effect of changing DMFC current density on its overpotentials 
and cell voltage is shown in Fig. 20. The calculation reveals that the 
thermodynamic equilibrium voltage is 1.214 v, which is much higher 
than the open-circuit voltage, i.e., cell voltage at zero current density. 
The reason is the methanol crossover phenomenon in the fuel cell and 
significant cathode overpotential even when no current is applied. Other 
overpotentials are zero when there is no current density. As DMFC 
current density rises, cathode overpotential has an approximately con-
stant trend because of two conflicting factors: methanol crossover and 
real performance of DMFC. According to Fig. 20, other overpotentials 
start to increase with the current density. This procedure is expectable if 
Eqs. (22), 57, 58, and 60 are considered. The rate of anode overpotential 
increase is high, but the amount of membrane ohmic overpotential is 
little at all current densities. Finally, the increase of overpotentials with 
current density leads to a decrease in cell voltage. 

The curves of efficiencies and power density of DMFC against current 

density is depicted in Fig. 21. By increasing the utilization of methanol 
in the cell, the voltage efficiency decreases (Eq. (63)) while the fuel 
efficiency increases (Eq. (64)). At low current densities, fuel efficiency is 
a dominant factor in cell efficiency, while at high current densities, the 
voltage efficiency is prominent. Consequently, the cell efficiency curve 
has a maximum value, as shown in Fig. 21. Also, as current density rises, 
DMFC power density first increases to its maximum value, then it de-
creases. Eq. (52) shows that fuel cell power density is dependent on two 
contradictory parameters: current density and cell voltage. At low cur-
rent density, the effect of increasing DMCF current density is prominent, 
while at high current density, the decreasing rate of cell voltage is 
determinant for power density. 

Fig. 22 displays changes in cell voltage and power density with 
current density at different operating temperatures. This figure dem-
onstrates that a rise in fuel cell operating temperature enhances its 
voltage and power density since higher temperature improves the re-
actants transport properties and the kinetics of the electrochemical re-
action. However, the operating temperature has an adverse effect on the 
limiting current density because of the increasing rate of methanol 
crossover. 

5. Conclusions 

A novel trigeneration system including organic Rankine cycle (ORC), 
carbon capture unit (CC), proton exchange membrane electrolyzer 
(PEME), methanol synthesis unit (MSU), and direct methanol fuel cell 
(DMFC) is proposed and analyzed from a thermodynamic viewpoint in 
this paper. The proposed system decreases the carbon emission rate, 
captures most part of flue gas carbon dioxide, and generates methanol, 
hydrogen, and power. The ORC system justifies the temperature of flue 

Fig. 18. Effect of reactor inlet temperature and pressure on CO2 conversion.  

Fig. 19. Comparison between simulation results of DMFC with Aspen HYSYS 
and experimental data. 

Fig. 20. Effect of DMFC current density on cell voltage and overpotentials.  

Fig. 21. Effect of DMFC current density on efficiencies and power density.  
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gas for the carbon capture process. A solar system is used to provide the 
power demand of PEME. Part of the generated hydrogen is sent to the 
methanol synthesis unit for carbon hydrogenation reaction, and the rest 
is stored for utilization in night/cloudy times or sales. The main results 
of the present work can be concluded as follows:  

• PEME system has the highest contribution to the overall exergy 
destruction rate because of its considerable power consumption, 
electrochemical reactions, and thermal interactions. On the other 
hand, ORC has a negligible effect on total exergy destruction since no 
reaction occurs in this cycle.  

• The energy and exergy efficiencies of the system are calculated as 
66.84% and 55.10%, respectively. 

• Increasing ORC turbine inlet pressure enhances ORC system effi-
ciency, while an increase in its turbine inlet temperature deteriorates 
the ORC efficiency.  

• The carbon capture rate is high at the bottom stages of the CC 
absorber column. Then, it gets slower. Also, as the stream moves in 
the absorber column, temperature attains its maximum value at the 
fourth stage.  

• As the current density of PEME increases, its cell voltage increases, 
but PEME energy efficiency decreases. 

• Reactor inlet temperature has a crucial effect on methanol concen-
tration, CO2 conversion, and temperature profiles along the reactor 
length. Even the impact of reactor inlet pressure on carbon conver-
sion depends on its inlet temperature.  

• As the current density of DMFC rises, cell efficiency and power 
density increase to their maximum values, then decrease.  

• Although the higher operating temperature of DMFC has a positive 
effect on cell voltage and power density, it limits the fuel cell current 
density. 
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